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Summary

Packed bed reactors are widely used in the chemicals industry and have been
studied carefully in the last century. Several reaction engineering models have been
developed in order to predict the behavior of such reactors under specified conditions,
in order to assist in the sizing during an industrial process conception.

These reactors can be categorized using different parameters, and the bed-to-
particle diameter ratio - N - is one of them. It has been shown that this parameter
influences greatly the transfer phenomena that occur in the bed, and that for ratios
under 10, particular attention is needed when considering the wall effects. An impor-
tant point that has to be evaluated is the accuracy of the actual chemical reaction
engineering models when simulating such beds as it is valid to question the hypoth-
esis of a pseudo-continuum model when considering a low bed-to-particle diameter
ratio bed.

Through high precision Computational Fluid Dynamics calculations, several beds
of particles are modeled and studied in term of mass dispersion and reaction rate
distribution. Two reaction engineering models - a simple pseudo-continuum model
with effectiveness factor, and a model we refer to as ”Single pellet” model - and
several correlations regarding Peclet numbers are then evaluated under the same
conditions in order to determine their accuracy and reliability for that particular
kind of bed.

Two beds of N = 5.96 and N = 7.99 are studied for dispersion phenomena, and the
bed of N = 5.96 is studied for reaction rate distribution. It is shown that the pseudo-
continuum model of dispersion stands valid for the higher N, but that none of the
correlations we used were able to correctly predict the behavior of the N = 5.96 bed
at any of the Reynolds number we considered, only giving close behaviors. We were
confronted with some difficulties regarding the reaction simulation under Fluent,
but some comparisons were successfully made regarding species and reaction rate
distribution in the bed.
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1 LOW-N PACKED BED REACTORS 10

Part 1

Introduction

1 Low-N packed bed reactors

Being the simplest way to carry out a reaction on a catalyst, the packed bed
reactor technology holds an important part of the chemical industry. Most of the
actual chemical processes utilize a declination of a packed bed (reactors,gas/solid
absorption...) at some stage of the production.

Among the ways of characterizing these reactors, one of the most important is the
ratio between the bed and the catalyst particles diameter, N, which simply illustrate
the number of particles that will fit on the diameter of the bed.

Most of the processes will use a bed with a high ratio (12 < N < 500) in which
case the behavior throughout the bed will not be affected by any wall effect that
could occur. These reactors will generally lead to a relatively uniform distribution of
species, temperature and reaction rates, and only a restricted area will be affected
by the wall effects.

Low N ratio beds (N < 12) present a good advantage for highly exo or endothermic
reactions. When arranged in multi tubular reactors, these particular packed beds will
ensure an improved heat exchange compared to their high N counterpart. However,
when considering a low aspect ratio packed bed, one must be aware of the specific
behavior regarding the transport phenomena across the bed. This kind of reactors
will behave differently than high ratio packed beds, mainly because of wall effects,
which do not limit themselves to a small region anymore. Indeed, these effects can
extend to a distance equivalent to several particles away from the wall, which, in a
reactor consisting of 6 particles along the bed diameter, will definitely have a serious
impact. Studies that focused on the particles near the wall have shown that, the
lower the N, the higher the percentage of particles that are going to be in contact
with the wall of the reactor [17]. An example based on spherical particles is given in
Table 1. These particles will behave differently than other particles, and show high
gradients and asymmetric distributions of temperature, concentration and reaction
rate.
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2 DISPERSION IN PACKED BEDS 11

N | % particles at the wall
4 69%
6 49%
8 33%
10 30%

Table 1: Percentage of particles in contact with the wall for different N

Moreover, when lowering the ratio to less than 4, it has been shown that the
velocity profiles are severely modified, and a clear high velocity zone appears around
the center of the bed [7].

These effects have been both observed in Computational Fluid Dynamic and ex-
perimental studies.

A big concern when looking at this kind of bed, is the lack of precision of the
classical Reaction Engineering models, which we are going to discuss later on. We
will also expose the problems one can encounter when simulating a low aspect ratio
bed with these models.

2 Dispersion in packed beds

The phenomenon of dispersion in beds of packed particles has been intensively
studied for both organized and random packing of particles of different shapes. A
large number of studies have been conducted both experimentally and through Com-
putational Fluid Dynamics calculations [3-6,9,10,12,13,16, 21, 23-25].

When discussing the subject of dispersion, one can define the Peclet number based
on the catalyst particle diameter:

with u, being the superficial velocity, d, the catalyst particle diameter and D,,, the
molecular diffusivity of the considered species.

The dispersion phenomenon can be divided in two distinct components when
considering an axial symmetric bed: the radial component Pe, and the axial one
Pe,, respectively defined using the radial and the axial component of the effective
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2 DISPERSION IN PACKED BEDS 12

diffusivity. This dispersion is the principal mechanism of mass transport in packed
beds, and also influences the heat transfer.

It has been shown that radial and axial Peclet number are depending on the
molecular Peclet number Pe,,, which is the product of the Schmidt and the Reynolds
numbers. When considering regular packed beds, with high N, it has been observed
that for high Reynolds, the Peclet numbers are going to reach an asymptotic value,
observed to be around 12 for the radial component, and 2 for the axial one. Corre-
lations have been established for these two numbers [6]:

1 1 1
= — 1
Pe, T1Pe,, + 2 (1)
1 1 1

= 2
Pe, T1Pe, * 12 (2)

However, the values of the Peclet numbers depend on a lot of parameters, including
the ratio between column length and diameter, particle shape and size distribution,
and also on the ratio between bed and particle diameter.

As a result, when considering the case of low N packed beds, the classical asymp-
totic values of 2 and 12 are no longer valid. Indeed,there have been claims of bigger
axial dispersion for beds of N between 1.9 and 4.7. However, between N = 1.1 and
N = 1.4, the dispersion do not seem to be any higher than for N > 15 [1,22]. Table
2 shows some values of the axial Peclet number for very low N [1].

N € Pep,q
4.7 |1 0.676 | 0.14
3.5 ] 0.692 | 0.18
1.9 | 0.709 | 1.00

Table 2: Ezample of values of N for which Pe, reaches very low values

Fahien and Smith [8] were among the first to introduce a correlation for the radial
Peclet number that involved the ratio between bed and particle diameters:

Uod,, 1
D, 1+19(d,/d;)?

Pe,, , = (3)

Foumeny et al. later proposed correlations based on experimentations run at low
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2 DISPERSION IN PACKED BEDS 13

N (3.2, 4.2, 7.3, 8.6) [9]. Their paper was aimed at developing a two dimensional
model implementing both axial and radial dispersion. When running the experiment,
measurements were made at 3 different axial positions in the bed, 4 radial positions,
and at 8 different angles. Both transient and steady state behavior were studied.
They worked over a wide range of particle Reynolds number (0.3 to 806), as well as
a wide range of aspect ratio N (3.2 to 25.3). As a conclusion to their study, they
suggested the following correlations for axial and radial Peclet numbers at steady

state:
1 0.34 0.08
= + (4)
P _— 0.80 '
emr  (RepSc) <1+1§6%§c>
1 0.72 0.52
= 5
Pera ~ ReSe T (14 20) )

These correlations depend directly on the Reynolds and Schmidt number (or the
molecular Peclet number Pe,,). However, there is no direct relation with the bed-
to-particle diameter ratio.

Magnico [16] obtained values for the Peclet numbers for different bed-to-particle
diameter ratios. CFD simulations of dispersion in bed of N=5.96 and 7.3 were run us-
ing Lagrangian and Eulerian methods, for Reynolds from 7 to 200. The packed beds
were obtained using the Bennet method, with gravity stability condition. A sphere
is added to a random position on a horizontal plane, and to guarantee stability, this
sphere must be in contact with three other particles. The Navier-Stokes equations
were solved using a finite volume method with structured mesh. Axial Peclet num-
bers of respectively 1.075 and 1 were obtained, as well as a ratio of D, /D, of 7 and 5,
which would lead to radial Peclet numbers of 7.527 and 5. According to the author,
these values are independent of the Reynolds number.

Freund et al. [10] established correlations for axial and radial dispersion coefficient
using the lattice Boltzmann method on structured and random packing of spherical
particles with N=5, and for Peclet number between 0.3 and 187 for the random
packing. This packing was obtained with a Monte-Carlo based method, imitating
the real life filling process of a column, making particles rain in a cylindrical tube,
and then rearranging the spheres accordingly with gravity. Their simulation was
based on the lattice-Boltzmann method, namely the D3Q19 model, using a MAC
approach for the no-slip boundary conditions at the solid-wall interfaces. The mass
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2 DISPERSION IN PACKED BEDS 14

transport was studied using the Particle tracking method. The correlations they
propose for the random packing are the following:

Drad 1 P 6%’”“"1
=—+

Dm B T 61"&(1 <6)

Doy

Dy,
with 7 = 1.45, aqq = 0.85, Braq = 10, a3 = 0.005 and as = 0.177. Axial dispersion,
at first, was correlated the same way as the radial one, but a logarithmic model was
latter adopted since it seemed to fit their data better.

1
= — 4+ a1 Pe,, + as Pey,In(Pey,) (7)
-

Coelho et al. [4] focused on transport properties in beds with random packing of
ellipsoid particles. Their random packing was generated using a ”free fall method”,
and the grains fall from a random location until they attain a minimum in their
potential energy. The detailed algorithm is described by Coelho et al. in their
paper. They studied not only mass transfer parameters but also several geometrical
properties of the beds, like the porosity, specific surface area, and grain ordering.
Thermal conduction was solved with a second order finite-difference formulation.
Stokes flow was solved with a fourth order finite-difference scheme. For dispersion, a
conjugate-gradient iterative scheme was used. For spherical particles in a packed bed
of N=7.5, and for Peclet number between 10 and 2000, they developed the following
correlations:

Drad _ 0.164Pe%" (8)
Doz _ 0.106 Pe, (9)

These correlations would also be applicable for ellipsoidal particles.

The last three sets of correlation, by Freund et al., Coelho et al. and Foumeny
et al., as well as the Reynolds independent values found by Magnico were retained
for our study and the comparison between reaction engineering models and CFD
calculations.
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3 REACTION ENGINEERING MODELS 15

3 Reaction Engineering models

Reaction engineering models are based on a pseudo-continuum assumption. This
assumption relies on the fact that a particle diameter is very small when compared
to the bed diameter, making the bed uniform. This leads to the fact that at every
point of the model, there is both solid and fluid, with the reaction rate based on
the solid temperature and concentrations. These models are then separated in two
categories, the Pseudo-Homogeneous ans Pseudo-Heterogeneous models, which are
described in the next sections.

n
All the equations presented here are based on a reaction of the form Z v;iA; =0
i=1
with v; positive for a product, with a reaction rate of R(C;,T).
We will here expose briefly different models, as this has been done before in the
literature [11].

3.1 Pseudo-Homogeneous models

The first type of Reaction Engineering models, and the simplest one considering
convection and diffusion, are the Pseudo-Homogeneous models. The first assumption
that is done in these models, is the fact that both fluid and solid are at the same
temperature and concentrations. Therefore, for a system of n species, there only are
n+1 equations - one for each speciesand one for the temperature - which simplifies
greatly the calculations. Equations 10 and 11 are the dimensionless steady-state
equations used in this model, when considering constant radial and axial diffusivity.

—8C{+ 1 0*C; | 10C] 1 9°Cl
0z Pey,, \ Or'* 1 O Pey,,, 02"

= —vi(1 - €)DaR(CL,T')  (10)

T’ 1 2T 107" 1 2T
0 (5% >5°) oL (- OBDaR(CLT) (1)

+ _
0z ~ Pep,, \ Or? r' Or Pey,, , 02

where C] = C;/Cior, T' =T /Ty, v = 1/d,, 2" = 2/d,, Da is the Damkhdler number
and 3y the adiabatic temperature rise of the fluid. ¢ goes from 1 to n, for each species.
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3 REACTION ENGINEERING MODELS 16

The equations are coupled with the following boundary conditions.

oC! o1’
o i_ _
r =0 BN 0, 5 0
/ T
r" = R;/d, %S/Z =0, 887“/ = Bi (T, — T")
( T
220 O PO Ol). 5 = Pena(I' T3,

2= L/d, convective fluxes

As we already said before, this model leads to simple computations, and will only
be suitable for steady states with simple systems. One has to carefully select the
heat and mass transfer parameters, and be cautious when selecting the bulk temper-
ature. Indeed if the AT between the two phases reaches a high value experimentally,
this model will not be suitable. Another drawback of these Pseudo-Homogeneous
equations is that they do not take into account the diffusion in the particles of cata-
lyst, assuming an instant diffusion, and no reaction limitation. This problem can be
solved by adding an effectiveness factor to these equations. The effectiveness factor
will be discussed in the next section.

This Pseudo-Homogeneous model can be simplified even further by assuming the
predominance of radial or axial mixing, or by even totally neglecting the convection
phenomena, but we will not cover these simplifications here.

3.2 Pseudo-Heterogeneous models

When considering solid and fluid as two different phases, with different concen-
trations and temperatures, one moves to Pseudo-Heterogeneous models. In these
models, the solid provides the source terms at each and every point of the bed,
modeled as being entirely filled by the fluid phase. This introduces the transfer limi-
tations between solid and fluid and therefore reflects the differences in temperatures
and concentrations.

These models consist of 2 convection-conduction equations for the temperature
and 2.n convection-diffusion equations for the n components of the system. The
simplest of these Pseudo-Heterogeneous model is represented by Equations 12 - 15
and their boundary conditions. Both axial and radial diffusivities are considered
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3 REACTION ENGINEERING MODELS 17
constant.
Fluid phase:
—oC",. 1 o*C.. 100", 1 0*C".
i fi K fi / /
- = St,i(Ch. — C" . 12
0z * Pep,, ( or'? r Or! > Pep,, 027 il i S”) (12)
0T} L1 T 10T} 1 0Ty T (13)
0z Pey,, \ Or? 1" Or Pey,,, 02" fo7e
Solid phase:
St (T} ~T) = (1~ ) DaR(C.,. T) (15)

with the following boundary conditions:

0 00;% _ ('30;714 _ 8TJ£ _ oT! _
or’ or’ O or’
oc’. oC!, o1’ oT!
/ fii S0 . / / s . / /
r Rt/dp or' or! 07 or! Zf,w( w )7 or'! ZS,U}( w s)
ocC! o1’
2 =0 82’1 = Pemﬂ(cz{ - Cz{,in)7 0~ = Peh,a(T/ - T'z,n)
aC?, oT’!
2= L/d, convective fluxes for the fluid, (9z’7 =0, azf =0

When compared to the Pseudo-Homogeneous model, this one introduces the effect
of transfers between the two phases, but still assumes that the limiting phenomenon
is the reaction inside the pellets, by not taking into account the diffusion. This
problem can be addressed, again, via the introduction of an effectiveness factor 7;.

The effectiveness factor for species ¢ can be defined as

rate of reaction under diffusion limitation

i = ; : : - -
rate of reaction without diffusion resistance

It is related to the Thiele modulus ®;, defined as
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reaction rate at uniform concentration Cj;

diffusion rate under concentration gradient Cs;/d,

dppSR(Cs,iv T)
De,iOs,i/dp

n; and ®7 can be linked through a mathematical formula depending on the geometry
of the catalyst particles. In the case of spherical isothermal particles like the one we
will later consider for our calculations, the relation is the following:

0 = é(@i coth(®;) — 1) (16)

7

This function is plotted on Figure 1. When ®; is largely smaller than one, the
effectiveness factor 7; tends toward 1 which means that diffusion is faster than the
reaction, and when ®; becomes large, n; falls asymptotic to 3/®; as the reaction
becomes faster than the diffusion.

10° - .

=10 |

102 L i L i L
1072 10™ 10° 10' 10°

Figure 1: Effectiveness factor as a function of the Thiele modulus. Case of a sphere.

The implementation of 7; in Equations 14 and 15 adds to the model the effect of
diffusion or reaction limitation in the solid. This leads to Equations 17 and 18, which
share the same boundary conditions as Equations 14 and 15. The fluid equations are
unchanged between the two models.
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St i(C; — Cfi) = —vi(1 = )mi(®s) DaR(Cy ;. T7) (17)
Sty(Ty — TO) = (1 = €)Bymi(®:) DaR(CY,, T) (18)

The introduction of the effectiveness factor makes the model take diffusion limitations
in the catalyst particles into account.

This model can be improved with the addition of thermal conduction in the solid
bed, as energy is conducted through the contact points between the particles. The
fluid equations stay unchanged, and as for the solid, only the thermal equation is
modified as follow:

Stu(T; —T;) = (1—€)Bpm(®:)DaR(Cy;, Ty) (19)
1 o*T! 10T 1 0T
( orz oy 87") Pey, , 02

P@hhp

This would take into account the possible conduction that would occur at the contact
points between the particles of catalyst.

Finally, the last model considered here requires more computer power to be solved,
which explains its lack of usage in the past. In this model - that we will now on refer
to as the Single pellet model - the diffusion equations of mass and temperature inside
the pellets of catalyst, are solved at every point of the bed. These equations are based
on a Fick’s law diffusion equation with constant intra-particle diffusivity. They also
rely on the hypothesis of spherical particles surrounded by the uniform temperature
and concentrations of the fluid at that particular point. This assumption of uniform
surroundings comes from pseudo-continuum model hypothesis.

Solving these diffusion equations replaces the use of a global effectiveness factor.
The fluid equations are almost unchanged, the only difference from Equations 12 and
13 being that the exchange terms between phases now consider the pellet surface
temperature and concentrations, 7y and Cf ;.

The equations ruling this model are given below:
Fluid phase:

0z Pep,,., \ or? 1" oOr Pep,, 027

— Sty i(Ch = C%)  (20)

R
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oT} 1 0*T; 10T 1 0Ty
f ! f f ’ /s

o + = Sty (T; — 1 21

0z Pey,, (37“’2 r’ 8r’) Pey,, , 02 w(Ty —I7) (21)

(3

Solid phase:

~d*C;;  2dC;

2

der - g ¢’ - VZ-(I)Z-R(C;“ Ts/) (22)
—d*T!  2dT! 5
T g de + @76, R(CY ;. Ty) (23)

with the following boundary conditions:
For the bed:
0 aC%, _ oCy; 0 T} _ or.
or’ or’ oo or
ocy,;  0C, ot oT!

/ fi 8,8 . / / s . / !
= = = =B T —T =B T, —T.
r Rt/dp or' or! 07 or! Zf,w( w )7 or' ZS,U}( w s)

/ T
D=0 O Pen(Cl - L), O = Pena(T —T)
. . oC, oT!
Z'=1L/d, convective fluxes for the fluid, 5 0, 5 0
For the particles:
dcC! . drT’
E=0 i 0, e 0
ac’, dT’
E=1/2 = =Sh(Cl= ).~ = BT =T}

When using these equations, the diffusion or reaction rate limitations in the cat-
alyst pellets is computed at every point of the bed, improving the precision of the
calculations, but increasing the computation cost. Also, one must be very careful
when selecting the values for the Sherwood and the Biot numbers, which rule the
transfer between the two phases.

We exposed in this section some of the classical reaction engineering models that
are used for the design and study of packed bed reactors. However, these models
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where developed for high-N packed beds, and we are now going to see why they
might need improvement when applied to low-N beds.

3.3 The problem of low-NN packed beds

All the model that have been presented in the previous sections are based on
the assumption of a Pseudo-Continuum bed. This means that the particles are
considered to be present at every point of the bed, in relation to their diameter,
which is assumed to be very small in comparison to the one of the tube.

Figure 2: Comparison of high and low N packed beds

When looking at Figure 2, one can easily understand the problem of this assump-
tion in the case of a low-N packed bed. And even though the figure illustrate the
case of organized packing, the same observation can easily be pictured by the reader
for randomized packed bed.

Assuming that both phases are present at every point of the bed is plausible
when looking at a bed with N=30, but when only 5 particles can be found along the
bed diameter, this assumption leads to a rough discretization of the bed, and the
continuity hypothesis do not stand anymore.

Florent Allain Worcester Polytechnic Institute Spring 2011



3 REACTION ENGINEERING MODELS 22

This problem leads to some questioning about the possible use of porosity and
velocity profiles along the bed radius instead of a mean porosity and velocity. Indeed,
for high N beds, the porosity profiles are relatively flat and around the mean value,
but when considering the high N beds, the porosity profiles present bigger variations.
Moreover, the wall effects present the low-N beds are not properly reproduced with
the classical models, mainly because of the use of this mean porosity. The question
of using an axi-symmetrical model also rises some concerns as a randomly packed
bed of low aspect ratio can easily lead to a non-symmetrical bed.

Moreover, the dispersion phenomena needs to be considered carefully as explained
earlier in section I.1.
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Part 11

Computational Fluid Dynamic approach

1 Meshing

The evaluation of the dispersion in packed beds is relatively difficult experimen-
tally, and Computational Fluid Dynamics provide us with tools to assess what would
happen in a particular situation without having to run experiments. Moreover, it
enables us to obtain data for the velocity field throughout the entire bed.

Two beds of different bed-to-particle diameter ratio were obtained, on of N = 5.96
and one of N = 7.99. These beds were obtained following two algorithm from the
literature [18,20]. the first layer of particles, at the bottom of the tube, is created
using the method developed by Mueller. The base algorithm places spheres next
to the wall of the bed, then moving towards the center. This algorithm was used
specifically for the first layer, since the other one lead to some problems. The rest of
the bed is filled using the algorithm developed by Salvat et al. Both these algorithm
are based on mono-sized particles. In the second part, gravitational field is accounting
for, friction is neglected, spheres and wall are deformable and their contact forces
are based on elasticity theory. The algorithm by Salvat et al. can be resumed as
follows: A first stage where particles are randomly generated, allowing for overlaps.
The second step consists in the implementation of the gravitational field in order to
compact the bed, until the overlap between particle is acceptable.

Obtaining a good mesh in CFD is an extremely important part of the process.
Two different meshes were created using Gambit for both N = 5.96 and N = 7.99
beds in order to evaluate their impact on the process of dispersion. Indeed, when
modeling a full bed of particles, a decision has to be made regarding the way the
contact points between particles and between the particles and the wall will be
implemented. We chose two different approaches, both having been used previously
in the literature [2,15,19]:

e The first one was to slightly reduce the diameter of the pellets to 99% of their

original size, in order to leave a gap between every particles and between the
particles and the wall. This will be referred to as the Gaps model.
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e The second one was to create bridges between each particles where the contact
point is supposed to happen. This will be referred to as the Bridges model.

A picture of the N = 7.99 bed with gaps configuration is given in Figure 3.

Figure 3: Packed bed of N = 7.99, gaps configuration.

Another possibility, that was not considered here, is to increase the diameter of
the particles to 101% in order to have every particle overlap one another.

One problem that may arise from these geometries is that the gaps configuration
underestimates the diffusion, by creating more pathways for the fluid between the
particles and increasing the mean porosity of the bed. On the other hand, the
bridges create more obstacles for the fluid, decreasing the porosity and increasing
the dispersion.

The specific parameters of the mesh used for dispersion and reaction calculations
are detailed next.

1.1 Dispersion

All the calculations run here were conducted using Fluent 6.3.26, the mesh being
created on Gambit. All the calculations for dispersion in the bed of N = 5.96 were
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ran on a Windows based server, with 2 Intel Xeon CPUs at 2.67GHz of RAM. Every
other calculations were done on a 20 compute node Linux cluster (20 Intel P IV Xeon
CPUs).

Calculations were run on the four different configurations: N = 5.96 with gaps
and bridges, and N = 7.99 with gaps and bridges. The mesh statistics for the files
with N = 5.96 and N = 7.99 are detailed in Table 3 and 4 respectively, for both
gaps and bridges configurations. An example of the boundary layers for the bridges
configuration is pictured in Figure 4.

Particle

Wall

Bridge

Figure 4: Boundary layers around a particle connected to the wall by a bridge, N = 7.99.

Gaps model | Bridges model
Uniform mesh size 0.06” 0.06”
BL wall 3 x 0.001” 2 x 0.001”
BL particles 1 x 0.001” 2 x 0.001”
BL bridges / 2 % 0.001”
Tolerance for bridges generation / 0.045”
Number of bridges / 1411
Total number of cells 14.90M 13.75M
Number of cells in the source 2522 2522

Table 3: Mesh parameters for the N = 5.96 bed, all Reynolds numbers, before adaptions.
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Gaps model | Bridges model
Uniform mesh size 0.06” 0.06”
BL wall 3 x 0.001” 2 x 0.001”
BL particles 1 x 0.001” 2 x 0.001”
BL bridges / 2 x 0.001”
Tolerance for bridges generation / 0.045”
Number of bridges / 2943
Total number of cells 24.879M 25.13M
Highly skewed cells 1239 44
Number of cells in the source 2522 2522

Table 4:  Mesh parameters for the N = 7.99 bed, all Reynolds numbers.

For both beds, in the gaps configuration the particles diameter is d, = 0.99”.
Accordingly, the beds have a diameter of d; = 5.96” and d; = 8.00”. For the bridges
configuration, the N = 7.99 bed has a particle diameter of d, = 0.9998” and a tube
diameter of d; = 7.9902”. In order to establish the flow, an area of 1”7 is left empty
before the bed, and 2”7 after.The length of the N = 5.96 files is 16.651” total, which
makes the length of the bed 13.6517. As for N = 7.99, the length of the bed is
14.712” ) with a total length of 17.712”. In the case of N = 5.96, the bed consists of
400 particles, and 800 for N = 7.99.

1.2 Dispersion with reaction inside the catalyst particles

When considering reaction inside the catalyst particles, the gap model was re-
tained. It seems fairly logical that the use of the bridge model would create direct
communication between the particles, allowing for transfer from a particle to an-
other. The bed being used in this case is the N = 5.96 bed, with the 400 particles
of 0.99” diameter. The bed diameter was slightly increased to d; = 5.97”. The total
lenght is 16.6517, with the 17 and 2”7 empty zones before and after the bed. The
first mesh parameters that were tested can be found in Table 5.

Later on, boundary layers were added inside the catalyst particles.

Florent Allain Worcester Polytechnic Institute Spring 2011



2 CALCULATIONS 27

Gaps model
Uniform mesh size 0.06”
BL wall 3 x 0.001”
BL particles 1 x 0.001”
Number of cells in each particle 17,000
Total number of cells 15.579M
Highly skewed cells 801

Table 5:  Mesh parameters for the N = 5.96 bed with reaction.

2 Calculations

2.1 Dispersion

For the dispersion simulations, the calculations were run with a mixture of methane
and air with a feed composed of pure air. Different inlet velocities were used: 0.05,
0.2, 0.4 and 0.5 m.s~ . The regime was supposed laminar for the Fluent calculations.
The source was implemented as follows.

We wanted the model to satisfy a simple mass balance: F}, = F,,;, with no actual
generation of matter, which would not have been the case with a classic source term.
Moreover, when implementing an actual source in Fluent, it is considered solid, and
therefore disrupts the velocity field around it, altering the diffusion and convection.
These are the two principal reasons why the source term was implemented as a small
cylinder of fluid, in which the mass fraction of C'H, is set to 1. The cylinder, for
both N, has a diameter of 0.05” and a length of 0.02”. It is placed co-axially with
the reactor, a few inches from the inlet of the bed (1.5” for the N = 5.96 case, 2”
for N =7.99) as pictured on Figure 5, in order to establish the velocity profile.

Conversion was assumed when dispersion was established and the residuals profiles
were flat. In order to check for dispersion, the flow rate of C'"H, was calculated right
after the source term, and at the outlet. The two values were then compared, and
an error of 1% was considered acceptable.

In the case of N = 5.96, build-ups of methane were spotted between some particles
and the wall, and mesh adaptions were conducted in order to limit these artifacts.
This phenomenon can be seen on Figure 6. In order to minimize their influences
in the final results, the mesh was adapted and refined where the concentration of
methane was too high.
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Florent Allain

3D axis symmetry.

Figure 5: Geometry of the Fluent model. Source term pictured in red.

Figure 6: Build up of CHy between a particle and the wall, N = 5.96, gaps configuration

The grey area pictures the zone where particles are present.
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2.2 Dispersion with reaction inside the catalyst particles

The N = 5.96 bed was chosen to carry out the calculations including the reaction
CH, + HL O — CO + 3H,. The particles were meshed, and the reaction rate
was implemented inside through the use of User Defined Functions. However, when
considering the subject of dispersion into porous particles, Fluent can be unfriendly.

Previous calculations have shown that when using the models from Fluent, prob-
lem arose when looking at the solid surface velocity and fluxes between particles
and fluid. When using these models, the velocity is set to 0 inside the particles,
to account for the absence of convection in the pores. This setting causes Fluent
to miscalculate the velocity at the interface between the two phases. Indeed, this
velocity is calculated as an average between the fluid and the solid one, and therefore
do not equal zero as it should.

This is why the use of User Defined Scalars in a plain solid particle is necessary.
In that case, a zero velocity is automatically imposed at the interface, solving the
previous problem. UDFs are then used to implement the diffusion and reaction inside
the particles of catalyst.

The convergence was difficult and in order to make it easier, the reaction rate
was modified. We started with several iterations with a reaction rate reduced by a
factor of 1000. Then, after these iterations, more were conducted with a reaction
rate divided by a factor 100. This was applied until the reaction rate was set to its
real value, and then the calculations proceeded until convergence of the model.

This part discussed the implementation of our problem into Fluent, a CFD soft-
ware. We will now discuss the implementation in COMSOL of the reaction engineer-
ing models.
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Part 111

Reaction Engineering approach

Models from Chemical Reaction Engineering were implemented using the COM-
SOL 3.5 Reaction Engineering module. Dimensionless equations were entered ac-
cordingly, First to simulate C'H, diffusion in air through the two beds of particles of
different aspect ratio, then adding the reaction CHy + H,O — C'O + 3H,, using the
reaction rate proposed by Hou and Hughes [14] for the N = 5.96 bed. The models
were implemented in different geometries accordingly to the phenomenon and aspect
ratio that needed to be simulated.

1 Convection-Diffusion simulations

The first simulations to be run on COMSOL were to assess the accuracy of
convection-diffusion models for low aspect ratio packed beds. The two beds in-
troduced in Part II are considered.

The model we used was based on the convection-diffusion part of the models
detailed previously. As we considered only one phase, fluid, flowing through a bed of
particles, the choice of a specific model from Part I was not particularly important,
as long as the convection, as well as the axial and radial diffusions, were included.

We used a steady state 2 dimensional axis-symmetric convection-diffusion model,
following Equation 10, with the corresponding boundary conditions. The geometry
is pictured in Figure 7. The source of C'Hy is pictured in red. Its implementation
will be discussed later on.

In order to evaluate this model, we needed to obtain values for the axial and radial
Peclet numbers. These values were computed through the use of the correlations from
the literature that were discussed earlier. Equations 4-9 were therefore implemented
in the COMSOL file. The model was also evaluated at Reynolds of 87, 348, 696 and
870. The molecular diffusivity D,,, for C Hy was taken equal to 1.6 x10™>m?2.s~!. The
details for the Subdomain settings and Boundary settings in COMSOL are given in
Table 6.(CO being the concentration calculated for the source, as described later.)

One of the problems encountered during the modeling was the implementation of
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|
axial symmetry

Figure 7: Geometry of the Convection-Diffusion model in COMSOL.

D (anisotropic) 1/Per 0 0 1/Pea

R 0
u 0
A 1

Left boundary | Insulation/Symmetry
Right boundary | Insulation/Symmetry

Inlet Co=0
Source (inlet) Cy=C0
Outlet Convective flux

Table 6: Subdomain settings and Boundary settings as entered in COMSOL for the
Convection-Diffusion model computations

a source term. The pre-defined source term function available in COMSOL was not
adapted to our problem, as it results in a source present at one singular point of the
geometry. The problem was that we wanted our source to be as close as possible as
the one used in Fluent. Therefore, we first opted for adding half a square on the
r = 0 axis at 1.5 inches from the inlet, with the same dimensions as in Fluent. Then
through calculations based on the fluxes in each of the Fluent file, fluxes of C'Hy
through the boundaries of this square were defined. This configuration is pictured
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in Figure 8, with the source showed in red.

-

|
axial symmetry

\

Figure 8: First model for the source term in COMSOL.

The problem with this method was that considering the low concentrations we
were working with, the back mixing that is frequently observed with the classical
convection-diffusion models was to important, and most of the C'H; was diffusing
against the flow. Accordingly we decided to create the source as a boundary, with a
fixed concentration that was determined using the corresponding Fluent file. That
boundary was placed at the inlet, and therefore the COMSOL simulation only cov-
ered the domain situated after the source in Fluent, as pictured in Figure 9.

All these calculations were run several times, based on the different configurations
of the Fluent files as the gap and bridges configurations lead to differences in the
porosity and velocity profiles, as well as in the concentration of the source term.

The value of the concentration CO for the source term was determined using the
outlet mass flow rate of CH, in Fluent. This mass flow rate was then converted
into a molecular flow rate and divided by the source outlet surface to get a flux and
divided by the inlet velocity to obtain a concentration. Table 7 gives the value of
this concentration for each file.
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Fluent Geometry (3D) COMSOL geometry ( 2D Axis-symmetry)

Figure 9: Comparison between the Fluent and COMSOL geometries for Convection-Diffusion
calculations.

N =5.96 N =17.99

Re | Gaps | Bridges | Gaps | Bridges
87 | 554.08 | 513.45 | 195.38 | 177.50
348 | 266.32 | 294.35 | 98.37 | 124.76
696 | 205.8 | 223.76 | 75.14 | 105.48
870 | 198.14 | 217.17 | 95.42 | 100.35

Table 7:  Source term concentration CO in mol.m™3 for each COMSOL file

The meshing of the model was fairly simple. The part that needed the most
elements was along the axis of symmetry and near the source at the inlet. Therefore,
the mesh was refined along the » = 0 axis, with a Maximum element size of 0.2. For
the aspect ratio of 5.96, the final mesh consisted of 46208 elements. For N=7.99,
the same settings were used, and the total number of elements was 51520. Figure
10 pictures the meshing around the source at the bottom left corner of the geometry
for N = 5.96. The mesh was refined to check for mesh dependency.

Satisfactory results were expected for both cases, especially for N = 7.99 where
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Figure 10: Mesh of the COMSOL Convection-Diffusion, near the symmetry azis and source.

the wall effects are not particularly of importance. In this case, classical models
should be able to successfully predict the transport phenomnenon.

2 Convection-Diffusion and reaction simulations

The next step in COMSOL was naturally the implementation of the isothermal
reaction C Hy+H>0O — C'O+3H, along with a convection-diffusion model. The data
used for the reaction rate implementation can be found in Appendix A. Two different
models were considered, using Equations 20 and 22 for the single pellet model, 12
and 17 for the classical pseudo-heterogeneous model with effectiveness factor, all with
their respective boundary conditions. The Single pellet model required a particular
implementation in COMSOL, that will be described in this section.

For both models, it was decided to only use the best correlation for the Peclet
number, based on the results from the dispersion calculations. Reaction was assumed
to be the major factor that would effect the distribution of species anyway, which
comforted us in only using one of the correlations.
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2.1 Pseudo-Heterogeneous model with effectiveness factor.

The implementation of this model is simple. The geometry used consists of the
same as for the dispersion calculations, without the source term at the inlet. The
length of the bed is also reset accordingly to the Fluent file, without the 1.5” or 2”
cut that was required when the source term was present.

The equations are specified and the reaction rate (see Appendix A) is entered as
a function of the different concentrations. The reaction rate expression is based on
the partial pressures of all the species. However, it was chosen to rewrite it using
mass fractions. This also allows us to reduce the number of equations needed in the
solid and the fluid, as the sum of mass fractions equals 1.

Both fluid and solid are modeled using a convection-diffusion model at steady
state. The equations entered in the Subdomain settings are as follow:
Solid phase, for species i = 1,2, 3:

D=u=v=0

R = St; x (es; — cf;) —v; X Da; x (1 —¢€) xn; X R(cs;, T)
Fluid phase, for species i = 1,2, 3:

D=1/Per; 0 0 1/Pea,

R = —Stl X (Cfl — CSi)

u=0~0
v=1
3 3

For species 4, we simply have csy = 1 — chi, and cfy = 1 — Zcfz One can
i=1 i=1

note that cf; and cs; are only really notations, and represent mass fractions. The

pdpR(Ci,in7 ,—Tzn)Mz

upys

Damkholer number is here really defined as Da; = since we base

our calculations on mass fractions.

The mesh consists of 3536 triangular elements, and is refined near the wall, with
a maximum element size of 0.5. The solution was checked by refining the mesh,
and did not show any signs of mesh dependency. The mass balance is automatically
respected, because of the set up of the problem. The mass fraction of water being
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calculated as the complement to 1 of the other mass fractions. Therefore, outlet
fluxes of CHy, Hy and C'O are compared. They can be found in Table 8.

species | 3536 elts. | 14144 elts. | Error (%)

CH, 176.68 176.68 0.00

H, 156.12 156.13 0.01

coO 78.67 78.66 0.01
Table 8: Comparison between outlet fluzes (in g.m~2.57Y for two meshes, Pseudo-heterogeneous

model.
2.2  Single Pellet model
Fluid bed Solid particles
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Figure 11: Geometry of the Singel Pellet model.

The single pellet model requires the use of 2 geometries with coupling variables.
An illustration of these geometries can be found in Figure 11. The fluid bed is
modeled exactly like the bed used in the classical pseudo-heterogeneous model. For
the solid, a three dimensional geometry is used, based on the fluid bed. A simple
way of seeing it would be imagining that at every point of the fluid bed, a catalyst
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particle is present, accordingly to the pseudo-continuum hypothesis, and that this
particle is approximated by a one dimensional model.

The transport in the fluid is modeled with a convection-diffusion model at steady
state, and the diffusion in the solid as a diffusion model at steady state. The imple-
mentation of the equations is done as follow:

Solid phase, for species 7 = 1, 2, 3:

D=0 0 0 0 0 0 0 0 1

R =2/z x cs;z — ®F x rate

Fluid phase, for species i = 1,2, 3:
D=1/Per; 0 0 1/Pea;

R=—St; x (¢f; —ess;) x (1 —¢€)

3 3
For species 4, we simply have c¢sy = 1 — E cS;, €8Sy = 1 — g css;, and cfy =
i=1 i=1

3

1— Zc fi. css; represents the solid surface molecular weight of species i, and is
i=1
obtained through extrusion coupling variable from the boundary z=1 of the 3D solid

geometry to be applied to the entire 2D fluid geometry.

The mesh of the 2D geometry is similar to the one used in the simple pseudo-
heterogenous model. It was simplified, with only 2240 elements, and no particular
refinements near the walls. For the 3D mesh, a boundary layer of 20 layers was
placed next to the particles surface, with a total number of elements of 2383.
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Part 1V

Results and discussion

1 Dispersion model

The validity of the classical Reaction Engineering models were tested by compar-
ing the concentration distribution between COMSOL and Fluent for two different
positions in the bed.

For N = 5.96, concentration profiles were extracted from Fluent at z=5" and
10” from the inlet, so at z=3.5" and 8.5” from the source. Therefore the COMSOL
profiles were obtained at z=3.5” and 8.5”. This was repeated for each Reynolds
number and for both configurations of the Fluent file.

For N = 7.99, the concentration profiles were extracted at z=12" and 7” from the
inlet, so at z=10" and 5”7 from the source. Accordingly, the COMSOL profiles were
obtained at z=10" and 5”.

In order to get the concentration profiles in Fluent at these two positions, iso-clips
were created. First, full radial surfaces were created on the total length of the bed,
at Xi = 0.0005,0.0015,0.0025,0.004, and 0.01 to 2.88 for N = 5.96 or 0.01 to 3.89
for N = 7.99 with an interval of 0.01. These cylinders were then clipped to the
corresponding position of the bed by creating new iso-clip surfaces of 2mm thickness.
The creation of iso-clips failed near the center of the bed several times, due to the
presence of a particle at the center of the bed. Figure 12 shows the two surfaces for
the tube of N = 7.99, with gaps configuration. Then a Surface integral Mass-average
computation of the concentration of C'"H, was done on these surfaces, to obtain an
average of the concentration along the bed radius at the defined positions.

The concentration profiles from COMSOL were simply extracted with a cross-
sectional area plot. All the data were treated on Excel.

The convection-diffusion model was tested with different correlations for the axial
and radial Peclet numbers. These correlations are given by Equations 4 - 9. The
values obtained by Magnico were also tested. All the values that were computed for
the Peclet numbers Pe,, , and Pe,,, can be found in Appendix B. None of them rely
on the particle or bed diameter, and therefore they are the same for the two beds.
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Figure 12: Iso-clips created on Fluent at z=7" and 12”7 for N = 7.99.

1.1 Packed bed of N =5.96

First of all, we need to verify the validity of the COMSOL files, and this is done
by checking that the fluxes of C H, at the outlet are the same for Fluent and COM-
SOL for every Reynolds. This serves as a test to verify that the concentrations we
calculated for the source are correct. Table 9 regroups all the values. They were
obtained in Fluent by simply dividing the C'H, mass flowrate at the outlet by the
outlet surface. The COMSOL values were obtained with a boundary integration.

Re | Configuration | Fluent | COMSOL | Error (%)
s7 Gaps 0.0310 0.0313 0.96
Bridges 0.0287 0.0290 1.03
348 Gaps 0.0596 0.0602 1.00
Bridges 0.0659 0.0666 1.05
696 Gaps 0.0921 0.0931 1.09
Bridges 0.100 0.101 0.99
870 Gaps 0.111 0.112 0.89
Bridges 0.122 0.123 0.81

Table 9:  Qutlet fluzes (in g.m™2.s~") of CHy for Fluent and COMSOL for N=5.96

Figures 13 - 28 show all the concentration profiles for the N = 5.96 bed. The
dashed line represents the profile obtained with CFD on Fluent, and the plain lines
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represent the profiles obtained with the diffusion model on COMSOL with the various
correlations for the Peclet numbers. In blue is the one by Coelho et al., green is the
one by Freund et al., red by Foumeny et al., and orange by Magnico.
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Figure 13: Concentration profile of CHy at z=5" for N = 5.96, Re=87, Gaps configuration.

The first comment that can be done when looking at these results, is that clearly
some of the correlations we discussed in Part I do not fit our case of low aspect ratio
bed. The values of Pe, and Pe, obtained with Equations 8 and 9 from Coelho et
al. [4], as well as with Equations 6 and 7 from Freund et al. [10] lead to a incorrect
simulation of dispersion. Indeed, for every Reynolds - with the exception of Re=87
- and for both gaps and bridges configurations, these correlations lead to values of
the Peclet numbers that underestimate greatly radial dispersion. Axial dispersion
is also under-evaluated, even though not as much as the radial one. The values for
the Peclet numbers can be found in Appendix A. The correlations developed by
Freund et al. were suited for smaller Peclet numbers, which could certainly explain
the invalidity of the results.

At low Reynolds it seems that the correlations obtained by Coelho et al. and
Freund et al. fit the CFD results better. When increasing the Reynolds number
however, the correlations for Peclet number by Foumeny et al. and the values pro-
posed by Magnico seem to be more accurate, even though they show too much axial
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Figure 14: Concentration profile of CHy at z=5" for N = 5.96, Re=87, Bridges configuration.
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Figure 15: Concentration profile of CHy at z=10” for N = 5.96, Re=87, Gaps configuration.
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Figure 16: Concentration profile of CHy at z=10” for N = 5.96, Re=87, Bridges configuration.
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Figure 17: Concentration profile of CHy at z=5" for N = 5.96, Re=348, Gaps configuration.
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Figure 18: Concentration profile of CHy at z=5" for N = 5.96, Re=348, Bridges configuration.
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Figure 19: Concentration profile of CHy at z=10” for N = 5.96, Re=348, Gaps configuration.
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Figure 20: Concentration profile of CHy at z=10" for N = 5.96, Re=3/8, Bridges configuration.
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Concentration profile of CHy at z=5" for N = 5.96, Re=696, Gaps configuration.
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Figure 22: Concentration profile of CHy at z=5" for N = 5.96, Re=696, Bridge configuration.
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Figure 23: Concentration profile of CHy at z=10" for N = 5.96, Re=696, Gaps configuration.
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Figure 24: Concentration profile of CHy at z=10” for N = 5.96, Re=696, Bridges configuration.
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Figure 25: Concentration profile of CHy at 2=5" for N = 5.96, Re=870, Gaps configuration.
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Figure 26: Concentration profile of CHy at z=5" for N = 5.96, Re=870, Bridges configuration.
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Figure 27: Concentration profile of CHy at z=10" for N = 5.96, Re=870, Gaps configuration.
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Figure 28: Concentration profile of CHy at z=10” for N = 5.96, Re=870, Bridges onfiguration.

dispersion. Magnico’s results were suited for Reynolds between 7 and 200, but still
show good results at higher Reynolds numbers.

One can realize when looking at the graphs that there are differences between the
Fluent profiles for gaps and bridges configurations. Indeed, for N = 5.96 the gap
configuration showed a tendency to develop build-ups of C'H, in the gaps between
the wall and the particles, as can be spotted on Figure 23 and 27 near Xi=0. None
of the profiles we obtained with the bridges configuration showed this behavior.
This phenomenon was moreover spotted when looking at concentration distribution
on the mid-plane of the tube for the gaps configuration (one of those artifact was
pictured previously on Figure 6). However, when comparing fluxes of C'Hy at different
positions in the bed, no significant difference was spotted in any of the files, which
confirms the insignificant impact of these artifacts on our study.

At this value of N, there is enough dispersion for C'H, to start reaching the walls,
which puts us in a position where wall effects on velocity have to be considered.
These effects might explain the global lack or excess (depending on the correlation)
of axial dispersion of the models, but in order to fully understand and verify the
phenomenon, a longer bed would be required. And in that case, computational
power limits us in our research.
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The overall shapes of the profiles obtained with reaction engineering models match
the one obtained with CFD calculations. In order to get a finer comparison, more
runs of CFD calculations, with different beds of same aspect ratio would be needed,
to get an average of the concentration profile with Fluent. Also, several points of
injection could be considered, near the wall, or at mid distance between the wall
and the symmetry axis. This last modification could also be a way to evaluate the
assumption of symmetry in this kind of bed.

1.2 Packed bed of N =7.99

Just like for N = 5.96, we first verified that the source terms implemented in
COMSOL were in agreement with the Fluent files. This was done again by looking
at the outlet fluxes in each file. The results are given in Table 10.

Re | Configuration | Fluent | COMSOL | Error (%)
87 Gaps 0.00606 0.00612 0.98
Bridges 0.00552 0.00556 0.72
348 Gaps 0.0122 0.0123 0.81
Bridges 0.0155 0.0156 0.64
696 Gaps 0.0187 0.0188 0.53
Bridges 0.0263 0.0264 0.38
870 Gaps 0.0296 0.0299 1.00
Bridges 0.0312 0.0314 0.64

Table 10: Outlet fluzes (in g.m~2.s~') of CHy for Fluent and COMSOL for N=7.99

Figures 29 - 44 show all the concentration profiles for the N = 7.99 bed. The
dashed line represents the profile obtained with CFD on Fluent, and the plain lines
represent the profiles obtained with the diffusion model on COMSOL with the various
correlations for the Peclet numbers. In blue is the one by Coelho et al., green is the
one by Freund et al., red by Foumeny et al., and orange by Magnico.

It clearly appears that the prediction by Magnico do not stand in this case, as the
values he proposed for the case of N = 7.3 appear to lead to an overestimation of
both radial and axial dispersion, with the concentration profile being both too flat
and too high at the wall. Indeed, he predicted values of Pe, = 5 and Pe, = 1, and
when looking at Appendix A, it appears clearly that these values, particularly Pe,
are in total disagreement with the rest of the literature. On another hand, none of
these values take into account the bed-to-particle diameter ratio like his do.
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Figure 29: Concentration profile of CHy at 2=7" for N = 7.99, Re=87, Gaps configuration.
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Figure 30: Concentration profile of CHy at z=7" for N = 7.99, Re=87, Bridges configuration.
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Figure 31:

Concentration profile of CHy at z=12” for N = 7.99, Re=87, Gaps configuration.
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Figure 32: Concentration profile of CHy at 2=12” for N = 7.99, Re=87, Bridges configuration.
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Figure 33: Concentration profile of CHy at z=7" for N = 7.99, Re=348, Gaps configuration.
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Figure 34: Concentration profile of CHy at z=7" for N = 7.99, Re=348, Bridges configuration.
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Figure 36: Concentration profile of CHy at 2=12” for N = 7.99, Re=3/8, Bridges configuration.
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Figure 38: Concentration profile of CHy at z=7" for N = 7.99, Re=696, Bridges configuration.
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Concentration profile of CHy at z=127 for N = 7.99, Re=696, Gaps configuration.

Figure 40: Concentration profile of CHy at z=12” for N = 7.99, Re=696, Bridges configuration.
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Concentration profile of CHy at z=7" for N =7.99, Re=870, Gaps configuration.

Figure 42: Concentration profile of CHy at z=7" for N = 7.99, Re=870, Bridges configuration.
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Figure 43: Concentration profile of CHy at 2=12” for N = 7.99, Re=870, Gaps configuration.
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Figure 44: Concentration profile of CHy at z=12” for N = 7.99, Re=870, Bridges configuration.
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As observed in the case of N = 5.96, both correlations by Freund et al. and Coelho
et al. underestimate the radial dispersion for N = 7.99. However, the correlations
by Foumeny et al. seems to fit the Fluent data for all Reynolds number, and for
both gaps and bridges configurations. A particularly good agreement is observed for
the bridges configuration, especially at higher Reynolds numbers.

The case of N = 7.99 presents a high enough N to assume that the wall effect
should not be of high impact on the overall transfer mechanisms in the bed, and the
dispersion model should give results comparable with the CFD calculations. This
is indeed the case when considering the values of Peclet numbers obtained with the
Foumeny et al. correlations.

1.3 Implementation of the velocity and porosity profiles u(r) and €(r)

The porosity profiles were extracted for both N and for both configurations of the
mesh, calculating the Area occupied by the fluid in each radial surface in Fluent.
They can be found in Figure 45 and 46.

12

0,2

Figure 45: Porosity profile for N = 5.96. Red: Bridges, Blue: Gaps
As expected, the porosity profile obtained for the bridges configuration is lower
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Figure 46: Porosity profile for N = 7.99. Red: Bridges, Blue: Gaps

than the one with gaps. These profiles compare well with the literature for N = 5.96
[21]. The mean values of the porosity are 0.44 and 0.42 for N = 5.96 and 0.41 and
0.39 for N = 7.99, for gaps and bridges configurations respectively.

Interstitial velocity profiles were extracted for every Reynolds number. Using the
same surfaces as for the porosity profile, the mean velocity magnitude was computed
and averaged (based on mass) on all of these radial surfaces. An example is given in
Figure 47 for Re = 348 and N = 5.96.

Both the velocity and porosity profiles were implemented in COMSOL, in order
to evaluate the impact of a velocity profile in the dispersion models. These models
are based on superficial velocity, and when computing this velocity from the porosity
and interstitial velocity profile, we could observe a relatively flat profile. The concen-
tration profiles were slightly affected, as pictured on Figures 48 - 53. These profiles
were obtained using the N = 5.96 tube and Re = 348 for both gaps and bridges
configurations. The legend is as follows: Dashed red: Fluent Bridges, dashed blue:
Fluent gaps, purple: Bridges, green: Gaps, orange: Bridges + profiles, blue: Gaps
+ profiles.
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Figure 47: Mean velocity profile for N = 5.96, Re = 348, Red: Bridges, Blue: Gaps
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Figure 48: Concentration profiles for N = 5.96, Re = 348, correlation by Foumeny et al. at z’=5
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Figure 49: Concentration profiles for N = 5.96, Re = 348, correlation by Foumeny et al. at z’=10
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Figure 50: Concentration profiles for N = 5.96, Re = 348, correlation by Coelho et al. at z’=5
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Figure 51: Concentration profiles for N = 5.96, Re = 348, correlation by Coelho et al. at 2’=10
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Figure 52: Concentration profiles for N = 5.96, Re = 348, correlation by Freund et al. at z’=5
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Figure 53: Concentration profiles for N = 5.96, Re = 348, correlation by Freund et al. at z’=10

One can see the effect of the velocity profiles, as the axial dispersion is increased
(concentration profiles lower at 2’ = 10”) in all the cases when implementing the
radial profiles, driving the reaction engineering calculations away from the CFD
ones. The calculations based on Coelho et al. and Freund et al. correlations show a
lower radial dispersion early in the tube when using the radial profiles. Indeed, the
concentration profiles are higher in the center at 2’ = 5".

On another hand, the implementation of these profiles lead to almost no changes
in the Peclet numbers. They both stay relatively unaltered along the Xi axis, as
pictured on Figure 54 (Only the Foumeny et al. gaps configuration is showed). The
values compare with the one obtained before implementation of the profiles.

These profiles were also obtained for other Reynolds, and the same conclusions can
be drawn. Moreover, when reaching higher Reynolds numbers, the implementation
of the radial profiles leads to less and less significant changes in the concentration
profiles. When comparing the results for the Foumeny et al. correlation, the con-
centration profiles obtained with and without the radial dependence of the porosity
and velocity were identical.

This lack of changes in the Peclet numbers explains the small changes in the
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Peclet number

Xi

Figure 54: Peclet numbers obtained in COMSOL for N = 5.96, Re = 348, gaps configuration,
with porosity and interstitial velocity profiles

profiles. A good improvement might be the implementation of a profile for the mean
axial velocity instead of the mean velocity magnitude, which regroups both radial
and axial, as an average, in the same calculation. The mean radial velocity could also
be considered. However, obtaining such a profile would require a different method
of extraction from the Fluent file than simply doing an average around the axis.
Indeed, radial velocities from opposite sides of the axis of the tube would cancel each
other when calculating the average.

2 Reaction models

We compare concentration profiles for both reactants and products at 2/ = 5”
and 2’ = 107 from the inlet. We only used the correlation by Foumeny et al. to
calculate the Peclet numbers in the reaction engineering model. The reaction being
the principal factor of influence in the distribution of the species, the correlations
that is used to not greatly influence the results. Moreover it seemed that the higher
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the Reynolds, the closer the results from reaction engineering models were to CFD
calculations when using the correlation by Foumeny et al., justifying its use. The
reaction rate distribution is also compared.

Before starting the comparison, verifications were conducted on the Fluent file.
First, the mass balance was checked, and an error of 1.6% was found between the
inlet and 2’ = 12. Moreover, a problem arose when looking at the concentration
profiles of H,. It seemed like Hy was not reacting, with almost no evolution in the
concentration along the 2’ axis. The reaction rate inside the particles was coherent,
meaning that the production of Hy was three times higher than the consumption of
C' H,. However, since we are supposed to be at steady state, the flux at the surface of
the particle should equal the consumption inside this particle. This could be verified
for all the species except Hs.

Calculations were still conducted under COMSOL, and we compared the concen-
tration profiles and outlet fluxes for CHy, CO and H,O, as well as the reaction
rates.

The validity of the COMSOL files was checked by evaluating the mass balances.
The dimensionless reaction rate and outlet flowrate were compared for C Hy, Hs and
CO. The mass fraction of H,O being calculated as the complement of the others, we
were not able to calculate its outlet flowrate or consumption rate. An error under
1% was considered acceptable. Table 11 gives the values and errors for each species
for the mesh described in section II1.2.

Model species | Net flux | Consumption/production/transfer | Error (%)
CH, 0.1677 0.1676 0.6
P-H model Ho 0.1128 0.1128 0.0
coO 0.1313 0.1313 0.0
CH, 0.4796 0.4797 0.2
S-P model H, 0.1799 0.1799 0.0
coO 0.8394 0.8394 0.0

Table 11: Comparison between net flures and consumption/production/transfer term in
COMSOL. Dimensionless.

The volume integral calculated for the single pellet model is the transfer term
implemented in the fluid equations. This term has to be compared to the flux at the
surface of the particles and the reaction rate inside the particles. Table 12 compares
the values of reaction rate and surface flux for the solid phase.
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species | 1;®? x rate | Surface flux | Error (%)
CHy 2606.79 2567.36 1.5
Hy 444.19 437.47 1.5
co 6427.57 6330.35 1.5

Table 12: Reaction rate and particle surface fluzes in COMSOL Single pellet model.
Dimensionless.

Finally, one must take into account the Sherwood and Stanton numbers when
comparing the solid outlet flux and the transfer term of the fluid equations. In order
to be compared, the dimensionless solid surface flux must be multiplied by St/Sh.
This last comparison is given in Table 13.

species | Surface flux xSt/Sh | transfer term | Error (%)
CH, 0.4741 0.4797 1.16
H 0.1778 0.1799 1.16
coO 0.8296 0.8394 1.16

Table 13: Corrected solid surface flux and fluid transfer term.

The next values that were checked are the values of the outlet fluxes. A comparison
between the COMSOL and the Fluent model was done. As expected, the values are
off, especially in the case of Hy. Table 14 gives all the values calculated.

Specie | Fluent COMSOL P-H COMSOL S-P
Values | Error (%) | Values | Error (%)
CH, | 190.81 | 176.68 7.4 75.57 60.4
Hy 43.72 78.67 44.4 100.03 56.3
coO 180.44 | 156.12 13.47 383.62 53

Table 14: Outlet fluzes (in g.m~2.s~') for both models

This last table clearly shows that there is a problem with the single pellet model.
Indeed, the outlet fluxes of all species are off by at least 53%. This error is linked to
the fact that in the model, as can be seen in equations 20 and 22, the porosity is not
taken into account at all. This certainly leads to an over evaluation of the reaction,
and therefore the high values of the fluxes for the products, and the low value for
the reactant are understandable. Moreover, the high error in the evaluation of H,
comes from the problem encountered in Fluent that we previously discussed.
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After these verifications for the validity of the files, the concentration profiles in
the fluid phase were plotted at z = 7”7 and z = 12”. Figures 55 to 58 show the results
for the pseudo-heterogeneous model. The red lines correspond to 2’ = 77, the blue
ones to 2/ = 12”. Dashed lines are for the fluent profiles, plain lines for the COMSOL
model.
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Figure 55: Concentration profile of CHy at z=7" and 12”7, Pseudo-heterogeneous model.

One can clearly see the problem encountered with Hs once again. It seems like
H, is not reacting, staying at a concentration of approximately 11mol.m™>. The
pseudo-heterogeneous model is able to predict the profiles of water and methane
fairly accurately. There are no wall effects appearing, and the diffusion is definitely
not dominant in this case, where the reaction rate controls the entire bed behavior
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Figure 56: Concentration profile of Ho at z=7" and 12”7, Pseudo-heterogeneous model.
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Figure 57: Concentration profile of CO at z=7" and 12”7, Pseudo-heterogeneous model.
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Figure 58: Concentration profile of HoO at z=7" and 12”7, Pseudo-heterogeneous model.

in term of concentration distribution. The wall effects could be introduced if a radial
porosity profile was considered.

The fact that Hs is not able to diffuse out of the particles in the fluent models
shifts the reaction to the right. This can be seen as the production of C'O being over
estimated by the fluent model, and the consumption of methane being slightly under
estimated. The order of magnitude however stays the same.

Figures 59 to 62 show the concentration profiles obtained with the single pellet
model. Again, in red is 2’ = 7”7, in blue 2’ = 12”. Dashed lines are for the fluent
profiles, plain lines for the COMSOL model.

Clearly, this model is not consistent with the Fluent calculations. The reaction is
over evaluated, as the products concentration are higher and the reactant lower than
in Fluent. As explained before, this model does not take the porosity into account
at all, which would explain this behavior. Therefore, the implementation of porosity
is necessary in this model, especially for low N beds such as the one considered here.

An other problem that arise with this Single pellet model is that if the values
of Sherwood and Stanton numbers are not selected carefully, the model will have
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Figure 59: Concentration profile of CHy at z=7" and 127, Single pellet model.
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Figure 60: Concentration profile of Hy at z=7" and 127, Single pellet model.
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Figure 61:

Concentration profile of CO at z=7" and 127, Single pellet model.
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Figure 62: Concentration profile of HoO at 2=7" and 127, Single pellet model.
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problem at the interface between fluid and solid. Unfortunately it seems to be the
case here, since the concentration differences between the fluid and solid surface reach
values up to 2mol.m 2 in the case of H,, which is relatively high. This problem needs
to be carefully considered, and the mass transfer coefficients between the solid and
the fluid might have to be revised.

One way to first check these parameters would be to evaluate the fluxes between
fluid and solid in Fluent and compare them to the COMSOL ones. This would give
a first idea of the parameters that could need improvement.
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Conclusion

This study was developed as an evaluation of the classical reaction engineering to
predict the behavior of two low bed-to-particle diameter ratio beds. Two aspect were
studied, the mass dispersion of a species in a bed of non porous particles, and the
dispersion of species in a bed where the particles are implemented with a reaction of
methane conversion.

The first part of the analysis, the evaluation of dispersion, gave satisfactory results,
as the dispersion models fitted the computational fluid dynamics calculations. In the
case of N = 5.96, the correlations that were studied did not give perfect results, but
the overall shape and behavior of the bed simulated with the dispersion models on
COMSOL were close to the one observed in Fluent. For the N = 7.99 bed, the
results were satisfactory, and the correlations proposed by Foumeny et al. lead to
values of Peclet numbers that were able to succesfuly predict the behavior of the
bed, for several Reynolds numbers.

We then looked at a low N tube with an isothermal reaction. We encountered a
problem of convergence with the CFD calculations, as one of the species involved in
the reaction did not reach steady state. We looked into this problem of convergence
under several angles; but no solutions was found in time. Comparison between CFD
calculations and two reaction engineering models were still done. It seems that
a pseudo-heterogeneous model is fairly able to simulate the reaction inside such a
tube, using the Foumeny et al. correlations for Peclet number, given the fact that the
Reynolds number is high enough. The reaction seems to be the main phenomenon
responsible for the concentration changes in the bed, and therefore, the dispersion
part of the problem is not important enough to disturb the results. The second
model, the single pellet model, did not live up to our expectations, mainly because
it require a high precision in the choice of the parameters that govern mass transfer
between the two phases. Moreover, it does not include porosity at any level, therefore
over evaluating the reaction.
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Recommendation

1 Dispersion calculations

In order to validate the results obtained here regarding dispersion, one should try
to obtain average concentration profiles, using different beds, and different positions
in these beds.

Obtaining averages for the velocity profiles using these different beds could also
help understand how to implement these profile in a better way in the reaction
engineering models. Moreover, obtaining profiles not only depending on the radial
coordinate, but also on the axial one might be beneficial. This would, however,
require a longer bed.

Calculations should also be run for lower N, such as 3.96.

Heat dispersion now needs to be evaluated, through the same kind of assessment
than for mass transfer.

2 Reaction calculations

The problem in the Fluent file needs to be solved. One could look into a better
diffusivity for hydrogen, or a way to accelerate convergence. Starting the calculations
with a higher hydrogen mass fraction in the particles might be a good option.

The single pellet model coefficient need to be revised, particularly the Stanton
and Sherwood numbers. Moreover, the implementation of a porosity and velocity
profile could lead to some improvement in the overall prediction of the concentration
profiles and reaction rate.

Calculations including a non iso-thermal tube need to be done as well, in order to
evaluate the models globaly, when computing simultaneously mass and heat transfer
phenomena.
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Nomenclature
. . . . hsd,
Bi, Biot number for the fluid-particle interface,
wd
Biy, Biot number for the fluid-wall interface, P
C Concentration mol.m >
' Reduced concentration
C; Total inlet concentration mol.m ™3
Cp.5 Fluid heat capacity, J.mol ' K~!
Chot Fluid total concentration, mol.m™>
D, Axial component of the diffusivity, m?.s™!
D, Diffusivity inside the catalyst particle, m?.s!
D, Molecular diffusivity, m?.s!
D, Radial component of the diffusivity, m?.s™*
Da Damkholer number, pdy R(C, )
uotot
Da; Damkholer number for calculations based on mass fractions,
pdpR(Ci,inu En)Mz
up f
d, Catalyst Particle diameter, m
dy Bed diameter, m
AH Enthalpy of reaction J.mol ™
hg Fluid to solid heat transfer coefficient, W.m >
ho Fluid to wall heat transfer coefficient, W.m ™2
kg Fluid to solid mass transfer coefficient, m.s™*
k, Reaction rate constant, mol.kg,;.s~"
ks Solid thermal conductivity W.K ~*.m™*
d
N Aspect ratio of the bed, d—t
P
C, ¢d
Pey, 4 Axial heat Peclet number, el e B
Yoctl
Uo
Pey,, Radial heat Peclet number, %
r,ejzlf
Pe,, Molecular mass Peclet number, % P
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Pep, q

Pe, ,

Stp,

Greek Letters:

By
65,1‘

€

n
p
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Uody,

Axial mass Peclet number,

Uody

r

Radial mass Peclet number,

Bed radial coordinate m

Reduced bed radial coordinate -

p
Ideal gas constant, kJ.mol *.K~!

- —1 -1
Reaction rate, mol.kg,_,.s

R(C;,T)
R(Ci,ina T;,n)

Reynolds number based on superficial velocity,

Reduced reaction rate,

Reynold number based on interstitial velocity,

Schmidt number, —

k,qd
Sherwood number for the solid, —=-2
ayhd,
uopsCh,s
(plg,ilp
Ug

e,

Heat Stanton number,

Mass Stanton number,

Temperature K

Reduced temperature
Inlet temperature of the fluid, K

Interstitial velocity,= uge, m.s '

Superficial velocity, m.s™*

Bed axial coordinate, m

z
Bed reduced axial coordinate, T
P

Adiabatic temperature rise of the fluid,

udp

(—AH)Cyy

Adiabatic temperature rise in the solid particle,

Bed porosity
Effectiveness factor for species 1.
Density, kg.m™>
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A Thermal conductivity of the fluid, W.m ™. K*
v Dynamic viscosity, m?.s~"
v Stoechiometric coefficient
T Bed tortuosity
. dppsR(Csi, T)\ 2
P Thiele Modulus, (W)
Subscript
f Refers to the fluid phase
S Refers to the solid phase
w Refers to the tube wall
i Refers to species 1
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Appendices

A Reaction Parameters

All these reaction parameters are extracted from the literature [14].

Reaction: CH4 + H,O — CO + 3Hs

ki(Pow,Pilo/ Pi2®) (1 — (PeoPiy, | Kpi Por, Prso))
den?

whith

den =14+ KcoPeoo + KHP%S + KHQO(PHQO/PHQ)

These parameters are determined using the van’t Hoff and Arrhenius equations:

E
kl = Alexp <—R—111>

_AH,
Kz' = A Kz —t
(Ki)exp ( BT )
The following table gives the values of each constant.

Parameter Value
Ay (kmol /kgear-s.kPa’?) | 5922 x 10°
Ey (kJmol™") 209.2
A(Kco) (kPa™t) 5.127 x 10713
AHCO,a (k‘J/mol) -140.0
A(Kg) (kPa™"?) 5.68 x10~ 10
AHpy q (kJ/mol) -93.4
A(K,0) 9.251
AHp,0,q (kJ/mol) 15.9

Table 16: Values of the constants required for the calculation of the reaction rate

Also, we have K,; = 1.198 x 10" exp(—26830/T) (kPa?)
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B Values of axial and radial Peclet numbers for the different
correlations

B.1 Foumeny et

al.

1

0.34

0.08

+
Pem,r (Re()SC)O'SD <1

10.8
+ R6050>

1 072 0.52
- 9.0
Pe,,., ReSc (1 + ReSc)
u (m.s~ ) [ 0.05 0.2 0.4 0.5
Pey,,» | 12,393 | 12.383 | 12.406 | 12.414
Pem.a 2.003 | 1.943 | 1.933 | 1.931

Table 17: Values of Peclet numbers calculated with the correlation from Foumeny et al.

B.2 Coelho et al.

Drad
= (0.164Pe%™
D, m
DCLCE
= 0.106 Pe:?
D, m
u (m.s~h) [ 0.05 0.2 0.4 0.5
Pep.r 20.752 | 30.595 | 37.148 | 39.543
Pepma 2.653 | 1.775 | 1.452 | 1.361

Table 18: Values of Peclet numbers calculated with the correlation from Coelho et al.
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B.3 Freud et al.

Drad 1 P 6?:{“‘1
==+
Dm T /87‘&(1

Dy, 1
D, = + a1 Pe,, + ayPe,,In(Pe,,)
u(m.s ) [ 0.05 0.2 0.4 0.5

Pey, » 16.509 | 22.565 | 25.596 | 26.595
Pey, q 1.269 | 0974 | 0.871 | 0.842

Table 19: Values of Peclet numbers calculated with the correlation from Freund et al.
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